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(5)oadctp.pc ---> assumptions. Profiles of temperature, pressure, vapor volume fraction, and current density in the fluorination reactor are presented at two inlet temperatures to provide insight into the operation of the reactor. In addition, the dependence of the cell-pack voltage and current efficiency on the inlet temperature, electrolyte flow rate, and cell current are shown to provide insight into the trade-off between power requirements, production rates, and controllability of the reactor. This paper extends our previous work3 and contains three features which are not present in a similar modeling effort by Drake et al. 4 First, our model is capable of using either current or voltage as the controlled variable compared to voltage only. Second, the model presented here accounts for the interaction between the cell pack and the other sections of the fluorination reactor (e.g., inlet and outlet flow distributors). These interactions are important in understanding the overall reactor performance and identify-
Infroduction
Electrochemical fluorination is used to produce fluorochemicals for use as refrigerants, lubricants, surfactants, degreasers, heat-transfer fluids, high-performance plastics, elastomers, and ingredients for fire fighting foam and fabric protectors. The feed to an electrochemical fluorination reactor is composed of liquid anhydrous hydrogen fluoride and a fluorinatable organic compound. The fluorochemical is produced at the anode and hydrogen gas at the cathode. Some of the hydrogen is reoxidized at the anode, thus adding an inefficiency to the process. In addition, the production of hydrogen results in the development of a two-phase system.
An undivided monopolar series arrangement of nickel electrodes, known as the Simons electrochemical fluorination cell,' is the most common reactor dulign for the fluorination process. Nickel electrodes are used due to their compatibility with anhydrous hydrogen fluoride and good electrochemical activity. The industrial Simons cell operates at high currents (>10,000 A) and requires the use of heavy-duty, high-cost electrical conductors and bus work. The large amount of resistive heating in the cell bus-bars limits the operating current and, therefore, the production rate. Also, the cells rely on bubble generation for the circulation of the electrolyte. The dependence on natural convection leads to slow mass transfer of the reactants to the electrode surface, which increases the cell-pack voltages.
To solve the problems encountered in the Simons cell, a multicell pack with forced convective flow was designed.2 A schematic of the fluorination reactor simulated in this study is shown in Fig. 1 . The reactor considered here has a cell pack consisting of 27 nickel plates, which results in 26 undivided cells. The cells are connected in parallel to the electrolyte flow field and in series (i.e., bipolar) to the electrical circuit. Each of the cells in the cell pack has inlet and outlet flow distributors to provide uniform electrolyte flow. The distributors also act as physical separators between the electrodes and are made of a fluoride resistant, insulating material to reduce shimt current losses. The process is operated above ambient pressure and temperature to increase the yield and decrease the power input.
Although the bipolar, forced flow design reduces energy costs and increases production rates, compared to the Simons process, a better understanding of the process is needed to minimize operational problems and maximize production rates. A steady-state mathematical model of the bipolar fluorination process is developed in this work. The model incorporates two-phase flow with differential material, energy, and pressure balances. The model predictions are compared to the available data over a wide range of operating conditions to test the validity of the model * Electrochemical Society Student Member. * * Electrochemical Society Active Member. ing potential operational problems. Third, the hydrogen oxidation reaction is included in order to predict the current efficiency as a function of operating conditions.
Model
Description of the fluorination reactor.-The fluorination reactor (see Fig. 1 ) is comprised of five sections: (1) inlet pipe, (2) inlet flow distributors, (3) cell pack, (4) outlet flow distributors, and (5) outlet pipe. The cell pack consists of 26 identical parallel-plate cells, and each cell has 18 inlet and outlet flow distributors. The flow distributors are narrow flow channels evenly spaced across the width of each cell, providing uniform flow to all the cells in the cell pack. The following reactions occur at the cathode and anode of each parallel-plate cell in the reactor Cathode Anode 2H + 2e -* H.,
where RF is the fluorinated organic compound, HF is anhydrous liquid hydrogen fluoride, and RH is the fluorinatable organic compound. Due to the use of an undivided cell, some of the hydrogen produced at the cathode is transported to, and oxidized at, the anode. Therefore, the current efficiency of the process, defined as current eff iciency of the fluorochemical (RF) production reaction, is less than unity. The overall reaction for the fluorination process can be represented as
RH + HF RF + H7
Assumptions-The assumptions used in the modeling of all the reactor sections are listed below 1. The physical properties of the fluorinatable organic compounds (RH) approximate those of HF in both the liquid and vapor phases. Therefore, the HF/RH mixture is modeled as a single component, which is the dominant species in the liquid phase. Also, the feed to the reactor is completely liquid.
2. Hydrogen fluoride in the vapor phase is treated as an oligomerized molecule with a mean molecular weight of 60 for the range of operating conditions used in this study.
3. The heat capacities of liquid HF and hydrogen are constant in the temperature range under study.
4. The ideal-gas law is valid. 5. No slip occurs between the vapor and liquid phases, which form a homogeneous two-phase mixture due to the bubbly flow regime present in most of the sections of the reactor.
6. The enthalpy of mixing is negligible for both the liquid and vapor phases.
7. The dependent variables vary only in the axial direction, and all the 26 undivided parallel-plate cells behave identically. 8 . Heat loss to the surroundings is negligible in all the fluorination reactor sections.
9. The ratio of hydrogen supersaturation to saturation in HF is assumed to be independent of temperature. The temperature dependence of the dissolved hydrogen concentration is obtained through the Henry's law constant. 10 . Due to low solubility of hydrogen in the liquid phase,' the number of moles of hydrogen in the liquid phase is negligible compared to those in the vapor phase.
11. Oxidation of hydrogen at the anode is mass-transfer limited with a constant mass-transfer resistance caused by an anodic film.
12. The parallel-plate electrodes are equipotential surfaces.
The mean molecular weight of the oligomerized hydrogen fluoride was found by weighting the molecular weight of each HF polymer species by their individual vaporphase mole fractions. The mole fractions as a function of temperature were obtained from the equilibrium constants for the association of HF to dimers, tetramers, hexamers, and octamers given by Schotte et al. 5 The mean molecular weight of HF in the vapor phase was found to be approximately 60 3 over the temperature range of 25 to 35°C. This mean molecular weight corresponds to that of HF trimer (n 3), although the proportion of HF existing as a trimer is insignificant.
No slip, homogeneous flow should be valid as the twophase flow remains in the bubbly flow regime over the range of normal reactor operation.7 Although the work by Ali et al.7 was for the air-water system, their flow regime graphs should provide a conservative guide for this vaporliquid system. HF electrolyte has a similar density and viscosity to that of water, but the surface tension is approximately ten times less (-6 mN/m for HF and -70 mN/m for water). The lower surface tension of HF leads to smaller bubbles,8 which results in more bubbly flow. Therefore, less slip between the vapor and liquid phases should occur at a given vapor fraction. During normal operation of the reactor, the vapor fraction in the cell remains below 0.6. For these values of vapor volume fraction, the no-slip assumption has been used successfully in papers by Funk and Thorpe,9 Nishiki et al. ,'°and Yan et al." for air-water systems. Therefore, the no-slip assumption should be valid for vapor fractions less than 0.6, and it is most likely valid for values greater than 0.6. Assumption 8 is valid because the reactor is well insulated and each cell is assumed to be identical (see assumption 7). Since each cell is at the same temperature, there is no driving force for energy exchange between the cells.
The dissolved hydrogen concentration in the HF electrolyte may be supersaturated as is found for gases in other gas evolving systems.'2 Although the degree of supersaturation for hydrogen in HF is not known, the ratio of supersaturation to saturation can be lumped into the mass-transfer coefficient for hydrogen across the anodic film.
Therefore, the Henry's law constant can be used to obtain the temperature dependence for dissolved hydrogen (see assumption 9).
Molar balance-The two-phase system is composed of three species: (i) hydrogen; (ii) hydrogen fluoride, which includes the fluorinatable organic compound; and (iii) the fluorochemical. Eight equations are needed to account for the mole fractions of the three components and the total flow rates of each phase. However, tracking the small amount of fluorochemical in the liquid phase is unnecessary, and therefore, its concentration is set to zero. Therefore, only seven equations are needed to calculate the composition and flow rates throughout the reactor at a particular temperature, pressure, and current. These equations consist of two mole balances, three equilibrium expressions, and two mole-fraction constraints.
Due to no net change in moles in the overall reaction, a steady-state overall mole balance is written as 0 dN dz [1] The molar flux, P1, is constant according to Eq. 1, and is equal to QpmjAnoj. The flux at each point in the reactor is related to the local average molar density (pm) and the noslip velocity (v) of the two-phase stream as follows = PmV [2] The average molar density (pm) is related to the mole fractions and molar densities of the individual phases by the following equation due to homogeneity of the twophase mixture (see assumption 5) = .ifL + Pm Pm,., Pm,l [3] For an ideal gas, the molar density of the vapor phase is related to the pressure and temperature by A steady-state balance on hydrogen relates the gradient in the hydrogen molar flux to the net production of hydrogen from the electrochemical reaction by the following equation dNH2 -dz nFd Using assumption 10, the molar flux of hydrogen is related to the total molar flow rate of the two-phase stream, the mole fraction of the vapor phase, and the mole fraction of hydrogen in the vapor phase as follows
The term on the right in Eq. 6 is composed of the cell cur _______ rent density, i, which determines the generation rate of hydrogen at the cathode, and the hydrogen oxidation current density, H'a, which determines its consumption at the anode.
The oxidation of hydrogen at the anode is a result of the undivided cell configuration. Using assumption 11, the oxidation current can be expressed as a function of the masstransfer coefficient and the mole fraction of dissolved hydrogen as follows = flFkmXH2Pml
It is necessary to relate the dissolved hydrogen concentration to the dependent variable PH, (i.e., the mole fraction of hydrogen in the vapor phase). As said earlier, the electrolyte may be supersaturated with hydrogen as found in other gas-evolving electrolysis.'2 Assuming that the ratio of supersaturation to saturation is independent of temperature, this ratio can be lumped with the mass-transfer coefficient, km. The temperature dependence of the dissolved hydrogen concentration is incorporated into Eq. 8 by using Henry's law to calculate the mole fraction of dissolved hydrogen at saturation (see assumption 9) as shown below _____
PH2

XH2 =
H2
The Henry s law constant for hydrogen in HF is related to temperature by the following correlation6 According to Eq. 11, the hydrogen oxidation current is directly proportional to the mass-transfer coefficient, km, which incorporates the effect of supersaturation, the partial pressure of hydrogen, and inversely proportional to the Henry s law constant, which decreases with temperature. The current efficiency of the process is equal to the current efficiency of hydrogen generation. Therefore, the overall current efficiency of the reactor is calculated as where I is the cell current, and L and w are the length and width, respectively, of the planar electrode (see Fig. 1 ).
The mole fraction of the fluorochemical (HF) in the vapor phase is related to the mole fraction of hydrogen, the partial pressure of HF in the vapor phase, and the pressure of the vapor phase by the following equilibrium expression derived from experimental measurements PRY = 0.82 + -HF [13] PH,
The above equation is valid in the region of cell operation [15] Finally, the following constraints are used for the mole fractions of the species in each phase [8] and [16] To summarize, Eq. 1, 6, 9, 13, 14, and 16 represent the equations needed to relate the five mole fractions and two flow rates in each flow section.
Energy balance-A steady-state energy balance in each flow section equates the change in enthalpy of the fluid to the rate of electrical work done on the fluid, the, and the energy transferred from the surroundings, 4, as follows g&i+ d(NThT w + q [17] dz [ 
9]
The changes in the kinetic and potential energies along the reactor are negligible compared to enthalpy changes. The enthalpy change of the fluid is composed of two parts: (i) energy associated with the heat of the fluorination reaction and (ii) energy associated with phase and temperature changes. The fluorination rate per volume, ,is related to [10] the local current density and the hydrogen reoxidation current density by the following expression = (j -'H) [ 
18] 2Fd
The specific enthalpy of the two-phase stream, u1 can be related to the mole fractions and specific enthalpies of the individual phases as follows [11] 4=ñ,+,i.% [19] Assuming the enthalpy of mixing tobe zero (assumption 6), the enthalpy of the vapor phase (II) is given by = PH2HH, + PRFHREV + PHFHH,VV [20] Taking the reference state of hydrogen as a gas and that of HF and HF as liquids at 25°C, the specific enthalpy of each species is given by J. Electrochem. Soc., Vol. 145, No. 10, October 1998 The Etectrochemical Society, Inc. Since HF is the dominant species in the liquid phase, the liquid-phase enthalpy in Eq. 19 is equal to the enthalpy of liquid HF [25] By assumption 8, the reactor is treated as an adiabatic system and, therefore, q, is zero in Eq. 17 for all sections of the reactor (see Fig. 1 ). The rate of electrical work per volume, the, is also zero for all the reactor sections, except the cell pack. In the cell pack, the electrical work done on the fluid in each cell is given by -iAV w = d [26] where i is the current density and the cell voltage, V, is the voltage drop in each cell of the cell pack. The cell pack voltage is obtained by multiplying zVby the total number of cells. The cell voltage has kinetic and ohmic contributions. Experiments conducted on a Simons cell' showed that the kinetic contribution was linearly dependent on the current density. Therefore, the cell voltage can be related to the current by = (E° + Bi) + where E° is the open-circuit voltage and B is a kinetic constant. Although the cell voltage drop, ziV, does not vary in the axial direction due to assumption 12, the local current density, i, and the effective conductivity, ic, do vary axially. Therefore, the voltage drop across the cell is coupled to the material, energy, and pressure balances.
The effective conductivity of the electrolyte, K, is calculated using the bubble-free electrolyte conductivity (K°) and the volume fraction of the vapor phase (0w) by the Bruggeman equation as follows'5 K = K°(l -9)13
[281 The Bruggeman equation should be valid for vapor volume fractions as high as 0.95,16 as long as the size of the gas bubbles remain an order of magnitude lower than the width of the flow channel.17 In this study, although the bubbles can span the electrode separation for high vapor fraction cases, the bubble sizes would still be at least two orders of magnitude smaller than the width of the plates.
The volume fraction of the vapor phase () is related to the mole fraction and the molar density of the vapor phase, and the average molar density of the two phases by the following equation due to the no-slip condition (see assumption 5) ov=t Pm,v Finally a relationship for the local current density is needed. Although this local current density is not known, the current density integrated over the length of the cell pack is known and is equal to the applied cell current as given below I = Pressure balance-Due to the effect of pressure on the vapor/liquid equilibrium, the determination of the local [21] pressure is important. The inlet or outlet pressure to the reactor is known, and pressure drops are calculated in [22] order to determine the local pressure in each of the reactor [231 sections. The pressure drop is composed of contributions of the elevation, frictional, and kinetic pressure drops LIP = elevat,on + APiriet,enai + LIPkICCI,C [31] The elevation pressure drop is due to the hydrostatic pressure difference between two points in the reactor, and can be expressed as APeievat,an = pgAz [32] The average fluid density is calculated from contributions from the vapor and liquid phases as
where the liquid density is known and the ideal gas law is used to calculate the vapor density as follows p RT [34] Using assumption 1, and Eq. 16, the average molecular weight of vapor phase can be expressed as
where the value of MWHF is 60 g/mol as mentioned in assumption 2.
For one-dimensional, two-phase flow, the pressure drop due to kinetic losses is related to the flow velocity and the average fluid density by the following equation Pk,eetie = A(Pavet") [36] The frictional pressure drop is related to the flow veloc- [27] ity (v), the length of the section (L), hydraulic diameter (D), the effective friction factor (c), the contributions of the valves (Ah,), and entrance and exit effects (e,) by LIP1riatio= = O.5PaveV2[ + IAh, + levi) [37] Due to the changes in the flow rate and the shape of the inlet and outlet of the flow distributors, the entrance and exit pressure drops in the distributors are significant.
Experiments were conducted at 3M company to obtain the e, for the geometry of each flow-distributor design.
The effective friction factor, , is a multiple of a Fanning friction factor, /, (which is applicable for single-phase flows), a friction factor multiplier, f', (to account for the effect of two-phase flow), and a constant, K, (which depends on the channel design) and is given as [38] The Fanning friction factor is dependent on the Reynolds number and is calculated differently for laminar flow (i.e., Re c 2300) and turbulent flow (i.e., Re> 2300). For laminar flow (present in the region near the cell pack entrance), the Hagen-Poiseuille law'8 is used to calculate the friction factor as follows 16 Re The Reynolds number is expressed in terms of the liquid density, viscosity, velocity, and the hydraulic diameter for A summary of the terms used in the governing equations that are not the same for each section of the reactor is shown in Table I .
Solution procedure.-The differential equations used to model the cell pack and the other fluorination reactor sections were solved using the finite-difference method. The differential equations were approximated by three-point difference formulae, and the integrals in Eq. Results and Discussion The model was used to perform the following tasks 1. Simulate the steady-state profiles of temperature, pressure, vapor volume fraction, and current density in the fluorination reactor to provide insight into the operation of the reactor.
2. Simulate the dependence of the cell pack voltage and current efficiency on the inlet temperature, electrolyte flow rate, and cell current to study the trade-off between power requirements, production rates, and controllability of the reactor. The values of the physical dimensions and parameters used in the simulations for tasks 1 and 2 are listed in Tables II and III . These values are different from those used in any particular process, but the results are representative of the behavior of a large-scale fluorination reactor. Profiles of dependent variables in the reactor-To gain insight into the operation of the fluorination reactor, the profiles of pressure, temperature, vapor volume fraction, and current density are shown in Fig. 2-5 , respectively, at Tables TI-TV. Where possible, the values for the physical constants in Table III are obtained from experimental measurements and published sources.14'11 Where no information is available, reasonable values were assumed. A study of the pressure profile (Fig. 2) shows that the pressure drops are steep (ca. 1.5 atm/rn) in the outlet and inlet flow distributors and gradual in the rest of the fluorination reactor sections. The pressure gradients are highest in the outlet flow distributors. Entrance and exit effects are also present in the outlet flow distributor, producing a steep Fig. 2-5. pressure drop at the entry and a correspondingly steep pressure rise at the exit of the flow distributor. Entrance and exit effects are negligible in other reactor sections. The higher pressure gradients in the flow distributors are due to frictional effects resulting from higher flow velocities. The higher velocities arise from the lower cross-sectional area available for the two-phase fluid flow in the distributors. The pressure drops in all the sections except the flow distributors are mainly composed of the elevation pressure drop (see Eq. 32) because fluid velocities in these sections are low.
Comparison of the pressure profiles at the two inlet temperatures suggests that the pressure gradients in the outlet flow distributors are the most sensitive to the inlet temperature. The sensitivity is due to more vapor generation at higher inlet temperatures resulting in higher fluid velocities and correspondingly higher frictional pressure drops. The change in pressure drop in these distributors affects the local pressure values throughout the cell. Pressure drops in the sections other than the outlet flow distributor do not show an appreciable effect of temperature.
The temperature profiles (see Fig. 3 ) show that temperatures are constant in the inlet pipe and the inlet flow distributors, rise in the cell pack, drop in the outlet flow distributors, and decrease marginally in the outlet pipe. There is no temperature change in the first two flow sections due to no energy input and the presence of single-phase flow. The temperature increases along the length of the cell pack due to power input. However, the temperature decreases in the outlet flow distributors due to a decrease in pressure leading to the adiabatic evaporation of liquid HE The temperature decrease in the outlet flow distributors is greater at the higher inlet temperature due to a higher pressure drop as shown in Fig. 2 . There is a marginal temperature decrease in the outlet pipe also due to adiabatic vaporization. The use of a higher inlet temperature results in higher temperatures throughout the fluorination reactor. The maximum temperature in the fluorination reactor occurs in the cell pack and can be about 1°C greater than the outlet temperature.
The changes in pressure and temperature affect the vapor volume fractions in each of the fluorination reactor sections as shown in Fig. 4 . There is no vapor fraction in the inlet pipe and flow distributors due to a single-phase (liquid) feed and no vapor generation in these sections. The vapor fraction increases throughout the cell pack due to hydrogen gas production, which is dependent on cell current and fluorochemical production efficiency. The volume of vapor produced is, however, also dependent on the local pressures and temperatures. A steep rise in the vapor fraction is seen in the outlet flow distributors. It is due to a high pressure drop in the outlet flow distributor as shown earlier (Fig. 2) , which leads to a higher volume of the vapor phase. The rise in the vapor fraction is greater at higher inlet temperature due to higher pressure drop in the flow distributor. The vapor fraction increases gradually in the outlet pipe due to a gradual pressure drop in that section. Figure 5 shows the current density throughout the cell pack at two inlet temperatures. The current in the other regions of the reactor is zero. The plots show that an increase in the inlet temperature results in a less uniform current distribution. This is due to higher vapor fractions at higher temperatures leading to larger ohmic resistances as the fluid progresses up the reactot Ohmic resistance, howeve; still contributes less than 10% of the cell voltage even at vapor fractions as high as 0.7. Therefore, even though there is some nonuniformity in the current density due to the variation in the ohmic resistance along the length, the maximum and minimum values of the spatial current density are within 10% of the average value.
Effect of operating conditions on the cell pack voltage and current efficiency-To study the performance of the reactor and identify problematic operating regions, the cell pack voltage and the current efficiency of the process were calculated over a range of inlet temperatures, flow Table IV . Table IV . The symbols represent discrete simulations, and the lines connect these symbols.
rates, and currents (see Fig. 6, 7, and 8, respectively) . The cell pack voltages in Fig. 6 the efficiency increases by about 6% as the temperature increases from 25 to 35°C. The increase in current efficiency with temperature (i.e., a decrease in hydrogen oxidation current) is due to lower dissolved hydrogen concentrations (see Eq. 8 ). This appears contradictory to Eq. 10, which indicates that the Henry's law constant decreases, and hence the mole fraction in the vapor phase (i.e., decrease in y12). The reduced hydrogen partial pressure results in lower dissolved hydrogen and, therefore, higher efficiency in spite of the increase in hydrogen solubility with temperature. Similarly, lower flow rates result in larger efficiencies because of lower cell pressures for a fixed outlet pressure. Lower cell pressures mean lower hydrogen partial pressures, and consequently lower hydrogen oxidation currents.
In order to summarize the cell performance over a range of operating conditions, the cell pack voltage and current efficiency are plotted in Fig. 8 as a function of cell current and electrolyte flow rate. The inlet temperature and outlet pressure are fixed at 32°C and 2.0 atm, respectively, and the other model input parameters are listed in Tables II  and III . As shown in Fig. 8 , at low currents the cell pack voltage increases linearly with current. Further increases in current cause the cell pack voltage to change into an exponential voltage rise. The current at which this transition occurs increases with flow rate. The vapor fractions in the cell increase at higher cell currents and lower flows resulting in lower electrolyte conductivity and larger ohmic drops. The cell voltage which is composed of kinetic and ohmic contributions (see Eq. 27), rises steeply when the ohmic contribution becomes significant.
To understand better the effect of vapor fractions on the voltage, the cell pack voltage for the case of infinite flow rate is also shown in Fig. 8 by a dotted line. At an infinite flow rate, the vapor in the cell is negligible, and the conductivity, K, is equal to the conductivity of the bubble-free electrolyte, K°, throughout the cell. Therefore, the current distribution is uniform, and the cell voltage vs. applied current can be obtained directly from Eq. 27 by substituting the current density, i, by l11/Lai. The dotted line representing the case for infinite flow rate is shown on Fig. 8 for two reasons. First, the deviation of the solid lines from the dotted line shows the extent to which the vapor contributes to the cell voltage. Second, it enables one to see the sensitivity of the kinetic parameter B on the cell voltage more easily.
The value of the cell current where the vapor contributes significantly to the voltage is flow-rate dependent. For example, at flow rates of 1.2 and 3.0 L/s, the solid line is approximately 30% greater than the dotted line at 500 and 1100 A, respectively. As the voltage deviates from the solid line by more than 30%, the voltage begins to increase exponentially with current. The exponential rise in cell pack voltage with current may lead to operational instabilities since small current fluctuations lead to large voltage fluctuations. Large cell voltages may also lead to a short circmt in the reactor since most of the current is forced to a very small region near the entrance to the cell pack resulting in extremely high current densities. Although not shown in the figure, the overall pressure drop in the reactor shows a profile similar to the cell pack voltage shown in Fig. 8 due to an increase in the frictional pressure drop as the vapor fraction increases. Large fluctuations in the pressure may also lead to operational instabilities.
Although the current at which the solid lines deviate from the dotted line by 30% increases with flow rate, the amount of energy added for every liter of feed is approximately constant at 50 ki/L at each transition point. The simulations show that this ratio translates into evaporation of 5% of the total moles entering the cell, leading to approximately 90% of the cell volume being occupied by vapor. This observation may be used to establish the following rule of thumb: the current and flow rate must be balanced such that the feed evaporated by the input energy does not occupy more than 90% of the cell volume. The operating current needed to attain the 90% limit may increase if slip between vapor and liquid phases is significant. Qualitatively though, excess vapor in the reactor will most likely lead to operational problems.
The value of B used in the simulations will quantitatively affect the cell pack voltage shown in Fig. 8 . As stated above, the dotted line in Fig. 8 (i. e., the case of infinite flow rate) is used to discuss the sensitivity of the kinetic increases from 117 to 147 V, also a 26% increase. For finite flow rates, changing B changes both the kinetic and ohmic resistance. However, the percent change in the cell voltage is similar for both finite and infinite flows.
The efficiency curves in Fig. 8 show a rise in efficiency with increasing cell current. The higher temperatures at higher currents lead to more evaporation of HF and, therefore, a lower hydrogen partial pressure. The lower hydrogen partial pressure results in less dissolved hydrogen concentrations and lower hydrogen oxidation current. A lower hydrogen oxidation current coupled to a higher applied currents results in a significant drop in the fraction of current going into hydrogen oxidation (i.e., higher efficiencies).
The efficiencies shown In Fig. 8 depend on the value of km used in the simulations. Although changing km indirectly affects a variety of dependent variables (e.g., P and y), it directly affects the hydrogen oxidation current through Eq. 11. Therefore, doubling km effectively doubles For example, at 3.0 L/s and 400 A, the efficiency is approximately 0.8, meaning that the hydrogen oxidation current consumes 20% of the cell current. Doubling km approximately doubles the hydrogen oxidation current, which reduces the efficiency from approximately 0.8 to 0.6. Lower efficiencies lead to less vapor, which in turn decreases the voltage. However, low efficiencies occur at low currents where the vapor has a small affect on the voltage. At high currents, where the voltage is sensitive to the amount of vapor present in the reactor, the efficiencies are high. Therefore, even though the value of km used to generate Fig. 8 will affect the predicted efficiencies at low currents, it will have a negligible affect on the cell pack voltage over the whole range of currents.
The possible operational problems discussed in relation to Fig. 8 can be further appreciated when examining the (tngth n the cell pack (nil Fig. 9 . Current density profiles in the cell pack for a flow rate of 1.2 1/s at different cell currents. Based on an electrode area of 1.35 m2, the overall overage current density for 200, 400, 500, and 575 A is 14.8, 29.6,37.0, and 42.6 mA/cm2, respectively, the inlet temperature and pressure were fixed at 32°C and 2.0 atm, respectively.
current distribution in the cell. The effect of applied current on the current distribution in the cell is shown in Fig. 9 . The profiles are plotted for four cell currents at a flow rate of 1.2 Us. An increase in the current from 200 to 400 A results in a moderate redistribution of the current and a corresponding rise in the cell pack voltage from 88 to 107 V (see Fig. B ). At 400 A, the current density at the entrance to the cell pack is 1.7 times larger than the overall current density of 37 mA/cm2. However, increasing the current further 500 and 575 A causes the cell pack voltage to rise to 129 and 204 V, respectively. In the later cases, the current density becomes very nonuniform due to high ohmic resistances at large vapor volume fractions. At 575 A, the current density at the entrance to the cell pack is 5.5 times larger than the overall average of 43 mA/cm2. These high local current densities may lead to short-circuiting of the cell pack via excessive shunt-current or via electric arc formation between the electrodes.
From a production standpoint, it is desirable to operate a cell at high efficiencies and high currents in order to maximize production. In typical electrochemical reactors (e.g., electrowinning of metals2' or reduction of nitrates and nitrites,21) higher currents usually result in lower efficiencies due to competing reactions. In these cases, a trade-off must be made between cell current and efficiency to optimize the production rate. For the bipolar forcedflow, fluorination reactor, higher currents always lead to a higher production rates since the current efficiency con- tinuously increases. The high production rates, however, require more energy. The trade-off between production rates and power input is shown in Fig. 10 as a function of current and flow rate. The ordinate in Fig. 10 , labeled production/energy ratio, is obtained by dividing the fluorochemical production rate (proportional to €1) by the power input (MV). For the cell design and operating conditions used in this study, the production/energy ratio shows a maximum at a current of approximately 350 A for all four flow rates. The maximum in the production/energy ratio is not sensitive to the flow rate due to the relative insensitivity of efficiency and voltage to flow rate at low currents (see Fig. 8 ). Below 350 A, the cell voltage is dominated by kinetic resistance, which is relatively flow insensitive.
However, at high currents, and presumably very low flows, the ohmic resistance dominates due to a large vapor volume fraction in the cell. At large vapor fractions, the cell voltage, and consequently the power input, is very sensitive to the flow rate.
A maximum is obtained for the productionjenergy ratio because, at 'ow currents, the percentage increase in efficiency is more than that for the cell voltage. At currents higher than 350 A, the percentage increase in cell voltage becomes greater than that for the current efficiency and, therefore, the production/energy ratio decreases. A cell current of 350 A would give an optimum operating current from the standpoint of production rate and energy input.
However, the selling cost of fluorochemical and cost of the electrical power need to be considered to obtain the economic optimum current. For a high-value fluorochemical, it may be profitable to operate the reactor at the currents above the maximum seen in Fig. 10 . Care must be taken though in operating the reactor at high currents. For example, Fig. 8 indicates that controlling the cell at currents above 500 A at a flow rate of 1.2 L/s may be difficult.
Small current fluctuations lead to large voltage swings, which may cause severe operational problems and ultimately short-circuiting.
Conclusions
A mathematical model of a parallel-plate fluorination reactor was developed. Profiles of pressure, temperature, and vapor volume fraction throughout the fluorination reactor were presented to gain insight into the operation of the reactor. The profiles show that the cell pack and the flow distributors, especially the outlet flow distributors, have significant effects on the operation of the fluorination reactor These effects become greater at higher inlet temperatures. A study of the effect of temperature on the local current-density profiles in the cell pack showed that higher inlet temperatures lead to a less uniform current distribution due to higher vapor volume fractions. The effect of feed flow rate, inlet temperature, and cell current on the cell pack voltage and current efficiency were also studied. While higher temperatures, higher currents, and lower feed rates lead to a higher current efficiency, they also lead to higher cell pack voltages and power input. Also, while higher currents lead to higher production rates, care should be taken not to operate the reactor in a region where small current fluctuations may lead to large voltage swings, As a rule of thumb for safe reactor operation, the current and flow rate must be balanced such that the feed evaporated by the input energy does not occupy more than 90% of the cell volume. 
